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IiTCROIXJCTION 

The gas industry b ~ s  been studying methods for  the production 
of natural gas subst i tutes  f r o m  coal a d  petroleum o i l s .  
f o r  direct  conversion o f  these fossil fuels t o  high heating value 
gases consisting largely of  nethane m e  Fn an  advanced stage of 
development ( 6 , 7 ) .  In the case of oil shale, existing technology 
w o u l d  involve a prelfninarg retorti,% step t o  produce cmde shale o i l ,  
and refining to  prepare a suitable feed for continuous destructive 
hydrogenation (hydrogasification). I$ was reasoned "ht a direct  o i l  
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Processes 

shale hydrogasification process might be preferable because of 
potentially higller conversion of the organic matter t o  gas, and 
el&nination of' a number of process steps. 

Feasibi l i ty  w a s  sho-m f o r  direct  hydrogasification of the 
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In these t e s t s ,  the path of the hydrogenolysis of kerogen 
was only par t ia l ly  Fndicated a t  the long heatup times and long gas 
residence times encountered in the batch reactor. Only the slower 
f i n a l  breakdom- of higher gaseous paraffins t o  methane and ethane 
could be observed. 
action rates and precisely determine the effects  of temperature. 
Pressure effects were obscured by changes with temperature and degree 
of conversion. 

It was also not possible t o  measure overall  re- 
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The present work was conducted in a reactor system i n  
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which o i l  shale heatup times and exit gas holdup times Fn the heated 
portion of the reactor were of the order o f  a few seconds. After 
leaving the reactor, the reaction products were cooled rapidly t o  
minFmize f'urther reactions. 1 

1 
Three separate t e s t  se r ies  were conducted. The f h s t  

t e s t  series consisted of semiflow tests w i t h  short gas residence 
times. The purpose of  these t e s t s  was t o  measure the rate of kerogen 
conversion to  gaseous products and the rate of &era1 carbonate de- 
composition. The second test ser ies  was conducted w i t h  a bed of 
h e r t s  downstream of the oil shale c13arge , t o  simulate hot-spent 
o i l  shale in a cocurrent flow reactor and t o  provide tin;e for  
secondary vapor-phase hydrogenolysis reactions. Eere, the overall  
space velocity which gave methane md ethane as the major p rohc t s  
was determiried. The t h i r d  t e s t  ser ies  consisted of simlated continuous 
feeding tes t s  t o  measure the average Listantaneous rates  of production 
of gaseous hydrocarbons a t  controlled hydrogen-to-oil-shale feed ratios.  
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Apparatus 

A schematic diagram of the semiflow reactor system I s  shown 
i n  Figure 1. The reactor contained a self-sealing, modified Bridgman 
closure a t  each end and was 2 inches in inside diameter, 4 inches i n  
outside diameter,and 60 inches in k s i d e  length. The reactor barrel, 
constructed of Uniloy N-155 super alloy, was rated fo r  operation at a 
maximum temperature o f  1700°F. at  1500 p.3.i.g. The closures were 



ra ted f o r  a maximum temperature of 14009. at  1500 p.8.i.g. Satis- 
factory closure operation was obtained with both 16-25-6 and lnconel-X 
sea l  rings. A-boundary lubricant of molybdenum disulfide, applied in 
aerosol form, was used on a l l  closure threads and on the sea l  rings to 
prevent galling. This reactor has been completely described elsewhere( ll) 
along w i t h  design de ta i l s  which describe the use of ex te rml ly  heated 
reactors at  combined klgh temperatures and high pressures. 

12-gage w a l l  thickness and 58 inches long, w a s  mounted ax ia l ly  in the 
bottom closure. The thermowell could contain up t o  f i v e  0.040-inch 
outside diameter thermocouples. Thermocouples were chromel-alumel, 
magnesium oxide insulated, and enclosed i n  a swaged Inconel sheath. 
To provide fo r  complete containment and recovery of the o i l  shale 
residue, the reactor w a s  provided w i t h  a removable s ta inless  s t e e l  in- 
ser t ,  1 4 8  inches i n  inside diameter by 1.990 inches i n  outside dia- 
meter and containing a l/2-inch outside diameter themowell sleeve. 

i’ne ceactor w a s  heated by means o f  an e l ec t r i c  resistance 
f’urnace containing four separately controlled heating zones, consisting 
of f o u r  rectangular heating elements, 7 inches wide and I2 inches Long. 
Temperatures were controlled manually during t e s t s  but were controlled 
by pyrometric ,controllers during reactor heatup. 
w a s  recorded a t  approximately 3-second intervals by means of a high- 
speed potentiometric temperature recorder during the test period. 

An Inconel-X thermowell of 3/8-inch outside diameter, with a 

Each temperature 

A feed hopper w a s  mounted d i rec t ly  above the reactor and was 
provided w i t h  a vibrator t o  a id  o i l  shale feeding. 
ur-operated ba l l  valve w a s  ins ta l led  between the hopper and the 
reactor. A second hopper contained a rotating-drum type feeder,which 
w a s  driven by a variable speed drive, fo r  conthuous o i l  shale feeding. 

Feed hydrogen flow rates were controlled manually and were 
measured by means of ‘an or i f ice  meter. The or i f ice  pressure and the 
reactor pressure were recorded continuously. The feed hydrogen w a s  
preheated to  reaction temperature within the reactor. 
passed through a water-cooled coil, a l iquids knockout pot, a high- 
pressure f i l ter  and a pressure-reducing back-pressure regulator, before 
be- sampled, metered and monitored. A sampling manifold w a s  in- 
s ta l led  upstream of the metering and monitoring system. 
specific gravity was monitored by means of a recording gravitometer. 

A full-opening, 

Exit  gases 

The exit gas 

Materials 

In a l l  tests,  the feed hydrogen contained an  accurately 
measured small  amount of helium, usual ly  1-2 mole $, as a t racer  f o r  
ex i t  gas flow rate measurement. The gases were mixed during compress- 
ion and stored i n  high-pressure cylinders a t  pressures up t o  3000 

Commercially available grades of e lectrolyt ic  hydrogen P 99.8% pure) and helium (99.99% pure) were used. 
i n  a l l  semiflow ‘tests was supplied by the Union O i l  Company. A n  
analysis of the o i l  shale i s  given i n  Table I. 

Procedure 

of the t e s t s  followed closely that employed i n  coal hydrogenolysis 
studies described recently (2,111. 
duration o r  less.  After the reactor w a s  heated t o  the desired 
operating temperature, the uni t  was pressurized and gas flow was 

. 3.i.g. 
The o i l  shale used 

The semiflow experimental technique employed i n  the majority 

Most t e s t s  were of &minute 



started. Heat inputs were then adjusted u n t i l  a l l  recorded reactor 
temperatures remained constant. When flow rates, temperatures, and 
pressures had been s tabi l ized completely, the feed gas was sampled. 
Tests were in i t i a t ed  by opening the quick-opening b a l l  valve connecting 
the hopper and the reactor. The vibrator mounted on the hopper w a s  
started only a f e w  seconds before the s t a r t  o f  the run t o  avoid 
compacthg the o i l  shale charge. 

The feed gas or i f ice  calibration was checked before each run 
with a wet test m e t e r .  Exit gases were also metered w i t h  the wet tea t  
meter during aach test, as a check on the flow rates calculated us ing  
t h e  helium tracer.  The  ex i t  gas specific gravity record w a s  used as 
.an a i d  in  selecting times f o r  exi t  gas samp-; i n  t e s t s  conducted 
to  simulate continuous operation, i t  w a s  also used t o  check the length 
of the o i l  shale feeding period, since it was not always possible t o  
obtain positive proof o f  the in i t ia t ion  of s o l i d s  feeding. G a s  
analyses were performed by mass spectrometer. 
three tes t s  conducted i n  the ser ies  t o  simulate continuous operation, 
combined values fo r  nitrogen plus carbon monoxide are reported, because 
of the inabi l i ty  t o  distinguish precisely between these two gases by 
the m a s  spectrometer. In the l a s t  three tests, carbon monoxide was 
also de€ermined by inf ra red  spectrophotometer and nitrogen w a s  obtained 
by difference. 

In the first ser ies  of tests, single charges of o i l  shale 
w e i g h F n g  from 10 t o  200 grams were fed. These charges were allowed to  
f a l l  f reely from the hopper,which resulted i n  a charging rate of about 
7 grans per second. Smal l  amounts of high-purity alumine, inerts,up 
to  4 inches in depth, were placed in the reactor before the run t o  
support the shale charge and t o  position it Fn the center of the third 
reactor heating zone. Temperatures were recorded f o r  thermocouples 
located at the center of the o f 1  shale charge a.nd a t  a polnt 6 inches 
above the charge t o  show whether the feed hydrogen w a s  being preheated 
completely before reaching the charge. 

Except for the last 

Table I.-A.NALBIS OF COLDRAEl OIL SHALE 

Sample Designation 4770 
TYPe Colorado, Mahogany Zone 
Source Union O i l  Company 
Pmt ic le  Size, 

( dry basis) 
Moisture 
Organic Carbon: 
Mineral ga.rbon 

U.S. Standard Sieve -6,+20 
Analysis, w t .  $l 

1pf 
Hydroge 2.36 

dry shale 35.9 

Organic C9E W t .  Ratio 7.4 
Fischer Assay Oil, gal./tonc 

a. ASTM method E71-58 adapted i n  accordance 
with technique o f  Grace and Gauger (35). 

b. Method A-3, U. S. Bureau of W e s .  
c. Modified mthod of Stanfield and Frost ( 1 4 ) .  
d. On oven-dry basis (dried f o r  1 hr. a t  105'- 

l l o o c .  1. 
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Since the void volume In  the bed of iner t s  was small, exit 
gas holdup times i n  the system downstream o f  the reaction zone were 
smll. A t  typical operating conditions of 1300°F., 1000 p.s.i.g., and 
100 SCF per hr. feed hydrogen flow rate, the t o t a l  ex i t  gas holdup 
time was only about 10 seconds, based on the appearance of the first 
hydrogasification products i n  the exit gas sample. Gas residence 
times in the reactor proper at these conditions were less  than 5 
seconds. During the Init ial  period of high rate of hydrogasification, 
gas samples were taken at  intervals as short as 5 seconds and there- 
a f t e r  a t  time intervals sufficiently small t o  delineate the en t i re  
course of the reaction. The last gas sample was usually taken a t  480 
seconds, at which tFme i t s  methane content was less than 0.1 mole $. 

The second series of tests was conducted w i t h  larger  amounts 
of alumina iner t s  below the o i l  shale bed t o  provide suff ic ient  
residence tFme f o r  the primary reaction products t o  undergo f’urther 
hydrogasification a f t e r  leaving the reaction zone. Sufficient alumina 
inerts,  to  s m l a t e  spent shale, were placed In the reactor pr ior  t o  
each t e s t  t o  give a t o t a l  bed volume ( o i l  shale plus inerts) of 
0.02 cu. f t .  Since gas flow rates were varied from 10 t o  200 SCF per 
hr.,the feed hydrogen space velocity varied from 500 t o  10,000 SCF 
per cu. f t .  bed-hr., and exit gas holdup times ranged from about 200 
t o  about 10 seconds, respectively. Temperatures of the center of the 
iner t s  and of the bottom of t h e o i l  shale charge were recorded. Here, sa 
Fn earlier tests, gas samples were taken at those time Intervals  re- 
quired t o  de lbea te  the ent i re  course of the reaction. 

I n  the third ser ies  o f  tests, continuous operation was 
simulated by semicontinuous feeding of o i l  shale. 
t es t s ,  o i l  shale was fed by opening the bal l  valve,connecting the 
reactor and feed hopper, eve 
t o t a l  charging times of from765 t o  840 seconds. 
ducted w i t h  a rotating drum-type feeder, o i l  shale feed rates were 
about 5.5 pounds per hour. Approximately 0.01 cu. f t .  of alumina 
iner t s  was placed i n  the reactor pr ior  t o  each of these tests t o  
mlnirnize changes i n  feed hydrogen space velocity accompanying bed 
volume changes, and t o  provide a zone simulating a bed of spent o i l  
shale wherein primary reaction roducts could be m t h e r  reacted. This 
resulted i n  a t o t a l  bed volume Toil  shale plus inerts) which Increased 
t o  a f i n a l  value averaging about 0.02 cu. f t .  Since, i n  these tests, 
the i n l e t  hydrogen-to-oil-shale r a t io  w a s  varied by varying gas 
flow rates,  the exi t  gas holdup times also varied. 
thbottom of the o i l  shale bed, of the bottom of the inerts,and of the 
center of the f inal  o i l  shale bed were recorded. 
taken during and a f t e r  the feeding period. 

.-> 

In  the first few 

15 or  20 seconds fo r  1 second and for  
In later tests, con- 

Temperatures o f  

Gas samples were 

Exploratory Teste 

Exploratory tests t o  select  the proper comblnations of oil 
shale sample weights and feed hydrogen flow ra tes  were made a t  1300°F. 
and 1000 p.s.i.g. 

conditions, it w a s  necessary that the smallest o i l  shale sample 
weights be used for  a given feed gas flow rate which s t i l l  permitted 
accurate product analysis. However, I t  w a s  also necessary to  maintain 
a sufficient sample size  so that representative samples o f  the highly 
heterogenous feed could be prepased by riff- of larger batches. 

To approach isothermal as w e l l  as d i f fe ren t ia l  reactor 
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Feed gas f l o w  rates were se t  as high as  possible to keep the 
residence time of the reaction products i n  the exit gas system small 
so as to minimize secondarg vapor phase reactions. This also ininhized 
baclanixing of reaction products i n  the exi t  gas system and o i l  shale 
par t ic le  heatup times. 
was calculated t o  be the mininnrm gas flow rate which could be used, 
assuming complete mLx3n.g i n  the exit gas system, withGut dis tor t ing the 
true relationship between reaction ra te  and time. 

A feed hy&ogen f l o w  r a t e  of 100 SCF per hour 

With 50- and 25-gram samples,the mrwdmum exi t .gas  hydrocarbon 
concentration w a s  too high a t  this hydrogen feed rate,  and temeratures 
changed too great ly  t o  allow the assumption of d i f fe ren t ia l  and 
isothermal reaction conditions. In tests with 10-gram samples, exi t  
gas  hydrocarbon concentrations and reaction zone temperature changes 
approached prac t ica l  Wting values. W i t h  such smal l  satnples, how- 
ever, quantitative recovery of l iquids  w a s  not possible. 

??unction of heat transfer.  The lack of accurate thermophysical data 
fo r  o i l  shales makes calculation of par t ic le  temperatures d i f f icu l t .  
However, heat t ransfer  calculations indicated that the -8, f 2 0  U.S.S. 
size  o i l  shale particles would be preheated t o  at  least llOO?F. i n  
falling from the hopper through the top two reactor heating zones. 

specific ra te  of conversion, expressed as pounds of carbon as gaseous 
al iphat ic  hydrocarbons formed per pound of organic Cesbon fed per hour, 
with decreases i n  sample w e i g h t .  Therefore, t o  obtain d i f fe ren t ia l  
rates of reaction, it was necessary t o  prepare a cross-plot of reaction 
rates versus sample w e i g h t  at selected l e v e l s  of organic carbon con- 
version. 
reaction rate versus sample w e i g h t )  a family o f  curves was obtained 
for the parameter, percent conversion. These curves approached 
straight Ilnes as sample w e i g h t s  approached zero so that reasonably 
good rate values f o r  zero sample weight could be obtained by l inear 
extrapolation. 
are shown i n  Figure 3,  as a function of conversion. 

The observed rates of conversionmay have been largely a 

A s  shown in Figure 2, there were large increases Fn the 

By plotting on semilogarithmic coordinates (logarithm of 

Reaction rates obtained by this cross-plotting technique 

RESULTS 

Single-Charge Tests at Short Gaseous Product Residence Times 

1200°, 1300' and 1400'F. t o  measure the effect  o f  temperature and 
conversionto gaseous aliphatic hydrocarbons on the rate of con- 
version of organic carbon (Figure 4 ) .  These results show a large 
increase in rate w i t h  increases in temperature. The effects  of 
increases in temperature and hydrogen f l o w  rate on gaseous and 
t o t a l  prochrct CiLstribution are shown in Figures 5 and 6. 
gaseous aliphatic hydrocarbon yields, and the percentage of paraffins, 
increased with increases in temperature and decreased w i t h  increases 
i n  feed hydrogen flow rate. 
opposite of gas yields. These resu l t s  indicate that the major steps 
Fr- the hydrogenolysis of kerogen are1 

1) 

A series of t e s t s  was conducted a t  temperatures of llOOo, 

The 

The variation of liquid yields was the 

Kerogen decompos3Aonwith initial formation of 
intermediates a t  least p m t i a l l y  recoverable as 
liquids a t  very short residence tlmes and/or l o w  
temperatures. 



2) Pyrolysis, hydrogenation and hgdrogenolysis reactions 
leading to gaseous aliphatic hydrocarbons of decreasing 
molecular weight and, finally, ethane and metme, along 
with some aromatic liquids. 

A comparison of the gaaeous molecular hydrogen consumption 
with the elemental gaseous hydrogen balance is given in Figure 7. 
l o w  levels of organic carbon conversion t o  gaseous aliphatic hydro- 
carbons, the amount of hydmgen donated by the oil shale is approxi- 
mately equal to the amount of feed hydrogen consumed. 
and hydrogenation reactions probably occup simultaneously. At high 
conversion levels, no accurate measurement can be made. 

At 

T1.lus, pyrolysis 

Rates of carbonate decomposition were also measured, although 
separate infrared spectrophotometer analyses were not psrformed for 
carbon monoxLde. Mass spectrometer analyses indicated, however, that 
nitrogen was negligible in comparison to carbon oxides. The strong 
increase in decomposition rate with increase in temperature is shown 
graphically in Figure 8. 
measured by Jukkola and others (4 )  Fn nltrogen or carbon dioxide at 1 
atmosphere. 
the lower concentration of carbon dioxide in these tests. 
increase in decomposition rate between 1200°F. and U O O O F .  is probably 
due to the combined decomposition of both magnesium carbonate and 
calcium carbonate above UOO'F. Jukkola and others (4)  found that 
calcite in o i l  shale begins to dissociate at 1150' to 1250'F. 
the molar ratio of calcium carbonate to magnesium carbonate is 2.3 in 
this oil shale any rate differences in a transition from a region where 
only magnesium carbonate decomposes at a measurable rate to one where 
both carbonstes decompose measurably fast would be accentuated. It 
would-be desirable to minimize mineral cesbonate decomposition in large- 
scale processbg since the decomposition reactions are endothermic and 
part of the feed hydrogen is consumed by reaction with part of the 
carbon dioxide formed. 
for magnesium and calcium carbonate breakdown, shown in Figure 9, 
indicate that it might be feasible to inhibit calcium carbonate de- 
composition, but not magnesium carbonate decomposition,by ma.intaidng 
a high carbon dioxide partial pressure. 

These rates are much higher than those 

This may be due to the more rapid oil shale heatup and 
The large 

Since 

Equilibrium carbon dioxide partial pressures 

Single-Charge Tests at b n g  Product Residence Times  

There were several shortcomings in the above tests. First, 
product residence times were short and liquid and olefinic gaseous 
hydrocarbons were major products. Second, product residence times 
in the reactor could not be practically controlled since they were 
a function of many other variables (e.g. ,temperature, pressure, flow 
rate and oil *le sample size). For process design purposes, it is 
necessarg to show the effects of variables under conditions where 
gaseous paraffhs are the primary products. 

a bed of inerts downstream from the oil shale bed to simuhte spent 
oil shale in a practical reactor system, which would allow flu?ther 
conversion of higher molecular weight hydrocarbons to gaseous 
paraffins. 
in these tests. The fraction of aseous hydrocarbon carbon appearing 

range of space velocities employed. 
less of the gaseous hydrocarbon carbon was nonparaffinic. 

Therefore, the test program was supplemented by tests using 

A s  can be seen in Figure 10, the above objective was met 

as methane plus ethane was about 8 0 $ or more over the entire 
In addition, only about 2% or 



76. 

The r e su l t s  ahown i n  Figure 10 are consistent w i t h  the 
reaction sequence described earlier. A t  the lower feed hydrogen space 
velocities, the conversion t o  gaseous hydrocarbons was reduced by coke 
forma.tion due t o  the lack of sufficient hydrogen. 
hydrogen space velocit ies,  the conversion t o  gaseous hydrocarbons 
reached a nearly constant value. The slight decrease a t  the highest 
feed hydrogen space veloci t ies  was accompanied by an increase i n  
liquids, which indicates that product6 residence times were insufficient 
fo r  conversion of liquid intermediates to  gaseous hydrocarbons. 
apparent increase i n  the maximum rate of conversion t o  gaseous hydro- 
carbons with increases i n  feed hydrogen space velocity above 5000 
SCF/cu. ft.-hr., was primarily the r e su l t  of increased linear velocity 
of the rapidly formed intermediate reaction products. Backmixing 
effects wepe found t o  be negligtble over most of the range of flow 
rates studied (5 ) .  
Simula.ted ContFnuaus Tests 

In view of the important effect  of the hydrogen-to-oil- 
shale feed r a t i o  on product distribution, t h e  semiflow techniques 
were modified t o  permit control of  this variable. Initially, small 
batches of o i l  ahale were fed at frequent intervals  onto a fixed bed 
of inerts. 
100% of the stoichiometric requirements fo r  conversion of the organic 
matter t o  methane, which w a s  unexpected on the basis of  o i l  hgdro- 
gasification results ( 8 , l O ,  12). However, these tests showed the 
expected negligible ef fec t  of an Increase in t o t a l  pressure from 
1000 t o  2000 p.s.i.g. 

A t  the higher feed 

The 

Results still showed an apparent effect  of feed r a t i o  above 

Further tests a t  1200' t o  14009. and 1000 p.s.i.g. were 
then conducted with a continuous fee- system in which o i l  shale was 
charged at  a nearly constant r a t e  fo r  5lO seconds,corresponding t o  an 
average oil shale reaidence t i m e  of about 5 minutes. 
hydrogen flow rate increased l inear ly  with hydrogen-to-oil-shale 
r a t i o .  A s  shown in Figure 11, instantaneous organic carbon gasifica- 
t i on  a t  hydrogen-to-oil-shale feed ra t ios  ranging from about 100 t o  
2 0 
6?f Total organic carbon gasification measured during the 1000-1100 
second run period w a s  about 70%. 
the residue and the aromatic l iquid products was about 13% 
each, at the lowest gas rate. 
decreesed with an increase i n  hydrogen feed rate, as would be expected. 
A l l  y ie ld  and organic carbon distribution data are uncorrected for  
low carbon balances (92 to  96%).  

be obtained by increasing o i l  shale residence times, although the 
mardrmun would be about 85 t o  90% s h c e  a midmum yield of aromatic 
l iquids of 10 to  15% would be expected from previous experience 
i n  hydrogasification of petroleum hydrocarbons similar i n  composition 
t o  kerogen (8,10,12). 

Thus, the 

of stoichiometric rema,ined nearly constant and averaged 63 t o  

The organic carbon distribution i n  

The organic carbon in the residue 

Higher conversions t o  gaseous hydrocarbons could, of  course, 
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Fig. 2.-Effects of Sample Weight and Time on Rate of Conversion 
of Organic  Carbon in Oil Shale to  Gaseous Aliphatic Hydrocarbons 
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Fig.  3.-Effects  oi Oi l  Shale Sample Weight and Organic  Carbon 
Converted to Gaseous Aliphatic Hydrocarbons on Conversion Rate 
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Fig. 6:-Effects of Temperature and Feed 
Hydrogen Flow Rate on Conversion of 
Organic Carbon to Gaseous Aliphatic 

Hydrocarbons, Liquids and Solid Residue 
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Fig. 8.-Effects of Temperature  and Time on 
Mineral Carbonate Decomposition 
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